
( G  ; )pure  component  = 1b.-moles of component i adsorbed in 
the presence of pure component i in 
the gas phase per 100 Ib. adsorbent 

C'T = parameter in Equation (2), total 1b.-moles of ad- 
sorption s i tes  per 100 Ib. of adsorbent; C$ has 
the same meaning except that it i s  based on a 
unit of adsorption surface area rather than 100 
lb. of adsorbent 

= fugacity of component i in a mixture of vapors, 
lb./sq. in. abs. 

= fugacity of pure component i, I b J s q .  in. abs. 

f 

f 
K j ;  -= adsorption equilibrium constant for pure compo- 

u = parameter as defined by Equation (1); see also 
nent i in layer j (see reference 6 )  

reference 6 
C 

d -- K1;fY.  wherefv is the fugacity of component i 
i= 1 
in the gas phase a t  the conditions of the experiment. 

Subscripts 

c = total number of component in a given mixture 
i - component number, (1 g i 5 c )  
j = number of layers, (1 5 I-< n) 
n total number of adsorbed layers 
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Polymerization in a Tubular Reactor 

SCOTT LYNN 
Universi ty o f  Cal i fornia,  Berkeley, California 

JAMES E. HUFF 
Dow Chemical  Cornpony, Midland, M ich igan  

A mathematical model has been developed t o  predict  the var iat ions i n  tempera- 
ture, veloci ty,  and composition which occur during anionic polymerizat ion i n  lami- 
nar f low i n  a tubular reactor. It i s  found that very large radial  gradients i n  a l l  
three are t o  be expected when a solut ion containing on ly  solvent and monomer i s  
polymerized. Recycle of part of the product or prepolymerization i n  stirred-tank 
reactors may be used t o  reduce great ly the d is to r t ion  o f  the rad ia l  profi les. 

The concept of t h e  tubular reactor for polymerization, in 
which monomer enters  at one end (either pure or in a sol-  
vent) and leaves as polymer at the other end, is attractive 
because of its simplicity and potential low cost. Marring 

this  picture is the tendency for polymer to form a thick 
layer on the tube wall, reducing the capacity of the reactor 
or even rendering it unworkable. I t  is therefore of interest  
to be able to predict the conditions under which operation 
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of a tubular reactor would be expected to be feasible be- 
fore initiating developmental work on such a reactor in the 
pilot plant. 

ject of polymerization reactors, these have usually been 
concerned with reaction systems in which the viscosity of 
the solution and problems of heat transfer have not been of 
direct, concern. A good example of this type of treatment is 
the work of Kenat et  al. ( 6 ) .  At least two papers (2, 11)  
have appeared in recent years which treated the effect of a 
changing viscosity on the  velocity profiles and heat trans- 
fer coefficients for liquids in laminar flow. One paper (12)  
estimates concentration and temperature profiles in a tubu- 
lar reactor, but treats the case of a fluid with invariant 
properties in laminar flow. Since the change in fluid vis- 
cosity with polymer concentration which occurs during 
polymerization i s  frequently much greater than that due 
either to thermal or shear effects, this previous work is not 
sufficient to allow one to predict the behavior during poly- 
merization in a tubular reactor. 

Qualitatively, there are three important factors to be ex- 
amined in analyzing the behavior of a tubular reactor: flow 
instability, heat transfer, and variation in residence time. 
Flow instability occurs when a reactor can no longer be 
operated, either because it has been plugged wi th  polymer 
or because the monomer is coming through largely nnre- 
acted due to channeling. Problems in heat transfer arise 
because the low thermal conductivity of polymer solutions 
makes transfer of the heat of reaction quite difficult. Vari- 
ation in residence time i s  important when side reactions 
(such as crosslinking) might occur in  material remaining in 
the reactor many times the average residence time. 

There are several ways in which polymerization niay be 
initiated-thermally, via free radicals, or ionically. The 
method of initiation may be of great importance in deter- 
mining the physical properties of the product, but it i s  of 
secondary importance in its effect on reactor behavior. In  
the following analysis, polymerization following the model 
of idealized anionic initiation was studied. The kinetic 
and viscosity relationships are based primarily on p u b  
lished studies of the  butadienelbutyl lithium system. How- 
ever, the method of analysis is felt to be applicable to 
most systems for which the required data are available. 

While a large number of papers have appeared on the sub- 

THE PROBLEM FOR STUDY 

In the proposed reactor the monomer, solvent, and an- 
ionic polymerization initiator are mixed jus t  before entering 
a long tube. There are no concentration gradients initially. 
One assumes that all of the initiator molecules start react- 
ing with the monomer simultaneously. This is a reasonable 
assumption for the overall polymerization rate of butadiene 
(9),  but of doubtful validity with respect to the predicted 
molecular weight dispersion. The rate of polymerization of 
the monomer is then a function of the temperature, monomer 
concentration, and the initial initiator Concentration. One 
assumes there are no chain-terminating reactions. 

radial concentration gradient develops because the material 
near the center is moving faster than the material near the 
wall and hence will not have reacted as much in traveling 
a given distance down the tube. The viscosity of the solu- 
tion increases rapidly with polymer content; the material 
near the wall therefore moves still more slowly and the ma- 
terial near the center goes faster. This process continues 
until the rate of polymerization of the material near the 
wall  drops to a relatively low value due to depletion of the 
monomer. Then as the concentration of polymer near the 
center increases and the viscosity gradient decreases, the 
velocity profile once again approaches parabolic. Whether 
the flow becomes unstable or not depends on how great the 

A s  the solution flows through the tubular reactor, a 

ratio of viscosities between wall and center is allowed to 
become. 

type polymerizations, the heat of reaction is from 12 to 18 
kcal./mole, depending on the monomer. This heat will 
either raise the temperature of the material or be trans- 
ferred to the wall of the reactor. Since the thermal conduc- 
tivity of most polymers is rather low, a tubular reactor wi l l  
not i n  general act as a satisfactory heat exchanger. It is 
usually necessary to consider the reaction to be adiabatic 
and to add sufficient solvent to keep the temperature within 
the desired limits. 

terial moving near the wall wi l l  be in the reactor several 
times as long as the material moving near the center. I h r -  
ing most of this time its concentration of monomer will be 
very low. Whether th i s  long residence time wil l  have an 
undesirable effect will depend on what, if any, side reac- 
tions, such a s  crosslinking or thermal degradation, can oc- 
cnr under these conditions. No general statement can be 
made about these effects since they will depend on the 
monomer, solvent system, and type of polymerization. 

These qualitative considerations require quantitative 
estimation to determine their importance for a given reac- 
tion system. The question of flow stability can only be 
answered by the construction of a fairly elaborate mathe- 
matical model, such a s  is the subject of this paper, or by 
building a full-scale prototype and trying it.* The question 
of heat transfer is answered simultanpously by the model, 
although a reasonable idea of average temperatures can be 
obtained with a less involved treatment. The variation in 
residence time can be estimated from the model, but, labo- 
rator,v experiments wi l l  be required to determine whether 
side reactions such as crosslinking result from the very 
long residence times encountered. 

A s  the monomer polymerizes, heat is liberated. In vinyl- 

Because of the flow pattern described above, the ma- 

THE MATHEMATICAL MODEL 

Constructing the mathematical model for a tubular reac- 
tor in  laminar flow at steady state involves setting up the 
differential equations which describe t h e  flow, determining 
the boundary conditions, and solving. 

flow of the reacting fluid: 
Three equations of change were used to describe the 

(B.C.1) 

dN, 
= 0 at r = 0, R ,  

d r  
(n.c.2) 

In these equations radial velocities and the axial diffu- 
sion of heat and mass were assumed negligible. Equa- 

*The scale-up of pilot-plant reactors of th i s  type presents un- 
usual problems which will be discussed in a later section. 
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tion (1) shows the effects of convection, diffusion, and rate 
of reaction on the concentration of monomer. g , ~ ,  the ef- 
fective binary diffusivity of the monomer in the solution, 
would normally be expected to be a function of temperature 
and possibly of composition. For reasons which will be 
mentioned later, a constant, relatively high value was as- 
sumed. Equation (2) i s  a first-order approximation of the 
movement of polymer molecules toward the center of the 
reactor which is  caused by the diffusional flux of monomer 
toward the wall. In view of the magnitude of the diffu- 
sional effect, which i s  discussed below, a more exact 
treatment of the highly complex, multicomponent diffusional 
system actually obtaining in reactors of this type was not 
deemed necessary. Equation (3) describes the changes in 
temperature resulting from conduction, convection, and the 
heat of reaction. 

Velocity profiles were calculated by assuming the react- 
ing solution to behave as a Newtonian fluid whose viscos- 
ity i s  a function of temperature, polymer concentration, and 
molecular weight. 

Radial pressure gradients were assumed negligible, so that 
the shear s t ress  varies linearly from zero at the tube cen- 
ter to T ~ ,  at the wall. Since the total mass flow at any 
cross section i s  a constant, one may write 

When Equation (4) i s  integrated and combined with Equa- 
tion (5), one obtains an expression for the velocity a t  any 
point. 

Equation (6) allows calculation of the velocity profile in 
the tube when the viscosity i s  known as a function of posi- 
tion. If the viscosity i s  a l s o  a function of the shear s t ress  
this dependence can be allowed for. By an iterative 
method of calculation Equation (4) can be used to allow the 
effect of shear s t ress  on viscosity to  be incorporated in the 
solution of Equation (6). However, in the present case the 
viscosity was assumed to  be Newtonian, in part because 
the distortion in the velocity profiles was found to be 
greatest where the shear s t ress  was relatively low. 

The rate of polymerization i s  a function of the concen- 
tration of monomer and ionic radicals and of the tempera- 
ture. The expression used 

was developed from published information (7  to 10, 14) 
using the following assumptions: 

rapid with respect to the rate of propagation. 

the temperature range of interest in this work. 

i s  essentially the same as that observed in isoprene 
polymerization. 

This las t  assumption i s  used to  obtain the activation 
energy from the observed overall value for simultaneous 
association and propagation (5, 8, 9). 

1. The rate of initiation in the case  of butadiene i s  very 

2. Association of ionic radicals can be neglected over 

3. The heat of association in butadiene polymerization 

Experimental verification of Equation (7) is  lacking in 
the temperature range of interest here. Therefore, in view 
of extent of extrapolation and of the assumptions involved, 
the results obtained by the use of Equation ( 7 )  cannot be 
presented a s  truly representing the kinetics of the poly- 
merization of butadiene. Rather, it  i s  presented here as a 
realistic example of an equation to  use in illustrating the 
method of analysis. 

The viscosity expression used i s  a complex function of 
the polymer concentration, weight-average molecular 
weight, and the temperature: 

In ( p  so lu t iodp  solvent) 

(8 )  .____ 
0.00856 ML76 C p  

- exp [(Cp/p)"~46(11.219 + 0.0000342 IM&" - 0.0013T) 
_ -  

This expression is  adapted from equations proposed by 
others ( 4 ,  5) to give a reasonable fit to data from various 
sources (I, 3,  13) .  The quantity M W  in Equation (8 )  is s e t  
equal to the product of the molecular weight ratio (Mw/Mn) 
and the number average molecular weight M,. A factor i s  
included in the coefficients of M w  to account for the ob- 
servation that measured values of (M,/M,) differ from the 
values predicted by the kinetic model, Equation ( 7 )  
(1, 4 ,  5 ) .  This factor was assigned a constant value of 
about 1.7. Since direct experimental verification of this 
value i s  lacking, Equation (8) i s  used here only for pur- 
poses of illustration. 

cosity of the solution, numerical methods were used to 
evaluate Equation (6). For the same reason, the finite- 
difference forms of Equations (1) to (3) were solved ex- 
plicitly ( 2 ) .  The radius of the tube was divided into a grid 
of ten equal segments, and five-point expressions were 
used for the first and second derivatives with respect to r. 
Variable-length segments were used in the axial direction 
to avoid instability of the solution on the one hand and 
excessive computing time on the other. The temperature 
calculations at the radial grid point next to the wall were 
found to be the most sensitive to instability. It was further 
found that the values of dT/dx  a t  this point began to fluc- 
tuate several profiles before the onset of oscillations in 
the value of T itself. These fluctuations could be damped 
out by greatly reducing the length of the axial increments 
in the critical region. In less  sensitive areas much larger 
increments were used. 

computes profiles of temperature, monomer and polymer 
concentration, polymer molarity, and velocity along the 
length of the tubular reactor. In addition, the pressure 
drop and inolecular weights 
Typically, 500 to 700 s e t s  of profiles are calculated in 40 
to 60 sec. of machine time for a given case. A Burroughs 
5500 computer was used. Copies of the program may be 
obtained from the authors. 

Because of the highly nonlinear expression for the vis- 

The program written in ALGOL to do these calculations 

and Mw) are determined. 

RESULTS 

Four cases have been selected t o  illustrate the effect of 
various parameters when a solution of pure monomer i s  
polymerized. These parameters are listed in Table 1. The 
coolant temperatures were not varied in the cases  tabu- 
lated here, but by making the heat transfer coefficient very 
small the effect of insulating the reactor i s  obtained, The 
pressure drops listed in the table were computed, rather 
than being input parameters, but are listed here for con- 
venience. The large range of values will be discussed 
below. 

Case I: The first case considered simulates a reactor 
made of a jacketed %-in. pipe 80 ft. long. In Figure 1 pro- 
files of velocity, temperature, and polymer concentration 
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Tube DHlmeter - 0 74 in Inlet Monomer Cm - 
Tube Length - Boft Inlet Tempwoture -53 C 

F i g .  1. Radia l  profi les in a tubular polymerizer (Case I). 

are shown at  irregular intervals along the reactor. The in- 
let velocity profile was assumed to be parabolic, with 
U / U ,  at the center line equal to 2.0 (hydrodynamic en- 
trance effects were neglected). The inlet temperature and 
concentration were assumed uniform across the tube. A t  
5.2 ft. down the tube, the monomer closest to the wall is 
already almost completely polymerized. The temperature 
wave extends further into the tube than the concentration 
wave since the thermal diffusivity of the solution i s  much 
greater than its molecular diffusivity. At L = 10.0 ft. the 
outer 40% of the tube radius, which represents the outer 
64% of the tube area, is occupied by material which is very 
nearly stagnant. At L = 20.8 ft. the center line velocity 
has risen still further, but because of the increased drag of 
the fast-moving core, the velocity of the material near the 
wall has begun to increase a s  well. 

At L = 29.25 ft. the center line velocity reaches its 
maximum value, which is more than ten times the average 
value in the tube. At L = 41.1 ft. the temperature wave 
continues to penetrate the core of the flowing stream, and 
as the polymerization continues the center line velocity 
drops back toward i ts  initial value. A t  L = 63.8 ft. the 
center line temperature reaches its maximum value, 192°C. 
At L = 72.0 ft. the polymerization is nearly complete, even 
at the center, and the  velocity profile is only slightly dis- 
torted from the original parabola. The pressure gradient 
continues to increase because of the increasing viscosity 
of the polymer solution. The temperature at the center line 
is 181", while the wall temperature is about 131". When it 
is remembered that the distance between them is only 0.371 
in., it is difficult to imagine measuring this temperature 
profile experimentally. 

Case 11: The second case, shown in Figure 2, is a direct 
scale-up of the first. The 40-fold higher flow rate is cou- 
pled with an increase in cross-sectional area of a factor of 

T :Temperature 
Tube Diameter - 2 W i n  Inlet h e r  Car -25% 
Tube Length - 20311 Inlet Temperature 8WC 
Solutm Fkw Rote-32001bs/hr Cmloot Temperatwe - I3o"C 

, -  J I -  , -  
Fig.  2. Radia l  profi les in a tubular palyrnerizer ( C a s e  It). 

15.3 and a 2.5 times greater length. In addition, the inlet 
temperature is 8OOC. instead of 30'. The sharpness of the 
temperature wave is much more pronounced in Case I1 than 
it was in Case I because the larger diameter of the tube 
makes the transfer of heat by thermal conduction relatively 
much smaller. For the same reason a smaller fraction of 
the total heat of reaction can be conducted to the wall. 
This and the higher inlet temperature lead to substantially 
higher peak temperatures in the larger reactor. 

The maximum temperature reached at the center line, 
252"C, is well above the 240' one would calculate for an 
adiabatic reaction. This apparently anomalous result i s  
caused by the material in the center having been heated by 
conduction from the reacting solution surrounding it in 
addition to having its temperature raised by its own heat 
of polymerization. The buildup of polymer on the walls is 
quite similar in the two cases, although the maximum rela- 
tive center line velocity in the larger tube i s  somewhat 
lower than in the smaller. 

Case 111: The third case, Figure 3, is identical to the 
second except that the wall is insulated. There is remark- 
ably little difference in the  maxima of the temperature 
waves at comparable cross sections for the two cases. The 
maximum center line velocity is slightly higher for Case 
111, the relative value being nearly identical to that in 
Case I. The concentration profiles are also very similar at 
comparable cross sections. 

The feed temperature is the same (80°C.) in Case 111 as 
in Case 11. Since the reactor in the former case is adia- 
batic, whereas in the  latter case it is jacketed with an oil 
kept at 130°, one might expect the reaction to proceed 
faster in Case 11. This indeed happens in the region 
closest to the entrance. However, the reaction rate at 80" 
is fast enough to be appreciable and in the adiabatic case 
the material near the wall can heat itself unimpeded by the 
coolant i n  the jacket. By the time the 12-ft. profile is 
reached, the material near the wall i s  completely reacted in 
both cases. 

It seems surprising at first that the pressure drop is 
somewhat higher in Case I11 than in Case 11. The higher 
overall temperature in Case 111 makes the viscosity some- 
what lower. The reason for the higher pressure drop i s  the 
greater distortion of the velocity profile noted above. The 
center line velocity is relatively greater in Case 111 for 
each profile from L = 25 ft. through L = 100 ft. This pro- 
duces a higher shear and hence a higher pressure drop. 

Case IV: In this case, Figure 4, the extreme situation 
was studied of the relatively squat reactor configuration 
with insulated walls. Qualitatively the concentration and 
velocity profiles are similar to those found in the previous 
cases. The temperature profiles are quite rounded in Case 
IV where the ratio of length to cross-sectional area is by 
far the smallest of all the cases studied. I t  should also be 

Tube Diometer - 2 W i n  Inlet Mcoamer CQK -25% 

'0 RIR, I 0 R/Ra I 0 R/Ro I 0 R/Ra I RIR, 1 

Fig.  3. Radia l  profi les in a tubular polymerizer ( C a s e  Ill). 
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T :Temperature 
Wtm Fb*Rate-4CCOlbs/hr Cwbnt Tempemtue 
lube Leqth - 611 Inlet Temperature 
Tube Diameter . l8in lnkt M m r  Cm-20% 

Fig.  4. Radia l  profi les in o tubular polymerizer (Case IV). 

noted that the inlet monomer concentration for this case i s  
only 20%, compared to 25% for the first three. The inlet 
temperature was raised accordingly to keep the final tem- 
peratures in all the cases  about the same. The error 
caused by neglecting heat conduction in the direction of 
flow will be greater in this case,  but is  still  not large 
enough to  affect the general conclusions. 

cosity occurring, the pressure drop i s  proportional to the 
flow rate times the length divided by the four t i  power of 
the diameter. In other words the term AP.D4/rnL i s  a con- 
stant. It i s  remarkable that there is so little variation in 
this term, which i s  tabulated in Table 1 for the four cases ,  
considering the vast departure from the parabolic velocity 
profile which occurs, not to  mention the lower polymer con- 
centration (and hence lower viscosity) at the outlet in the 
last case. 

In simple viscous flow in a tube, with no change in vis- 

TABLE 1 .  INPUT PARAMETERS FOR TUBULAR REACTORS 
WITHOUT POLYMER IN FEED 

Case I I1 I11 IV 

Tube diameter, in. I.D. 
Tube length, ft. 
Solution flow rate, lb./hr. 
Inlet monomer, wt. fract. 
Inlet temperature, O C ,  

Goolant temperature, OC. 
Heat transfer coefficient, 

B.t.uJ(hr.)( sq. ft.)(OF.. 
pipe to coolant) 

actor, lb./sq. in. 
D4 AP/I?LL 

Pressure drop across re- 

0.742 2.90 2.90 18 
80 200 200 6 
80 3200 3200 4000 

0.25 0.25 0.25 0.25 
30° 80° 80° l l oo  
130° 130° 130° 130° 

50 50 0.001 0.001 

39 8 167 200 0.0026 
0.0188 0.0194 0.0221 0.0114 

Variation in Molecular Weight 

In Table 2 are given the calculated relative molecular 
weights as a function of radial position at the outlet of the 
reactor for Cases  I and 111. The variation is due to molecu- 
lar diffusion which results from the concentration gradient 
that i s  established in the flow through the reactor. A rela- 
tively high value was assumed for the molecular diffusiv- 
ity, lo-’ sq. cm./sec., so the calculated variation repre- 
sents the extreme that might be expected. Although the 
variation i s  appreciable for the small reactor, i t  was found 
to be insignificant for the larger one. Even for the small 
reactor, the variation i s  not large when integrated over the 
flow, as i s  done for the las t  column. It can be concluded 
that molecular diffusion per se will not cause an appreci- 
able molecular weight dispersion in plant-scale reactors of 
this sort. I t  should be recognized that molecular weight 
dispersion which occurs because of departure from the 

TABLE 2.  NUMBER-AVERAGE MOLECULAR W E I G H T  VARIATION 
A T  REACTOR OUTLET 

Radial 
position 0 0.2 0.4 0.6 0.8 1.0 \ I a / W n  

~~ 

Case 1 52,600 70,800 121.800 140.100 135.100 147.100 1.08 
Case 111 113.200 117.200 129,800 129.50r) 128,400 130.000 1.001 

idealized kinetics assumed for these calculations will be 
an important factor in reactor design. Only the effect of 
molecular diffusion may be safely neglected. In general 
the molecular weight dispersion for each streamline leaving 
a tubular reactor will be about the same as in a batch reac- 
tion which has  followed the same time-temperature history. 
Estimation of the dispersion for a free-radical polymeriza- 
tion, while more difficult than the case studied here, does 
not present an insuperable computational problem. 

Longitud ina I Pressure Profiles 

The variation of pressure with distance along the length 
of the reactor is  shown in Figure 5 for Cases  I and 111. A s  
would be expected from the velocity profiles, the pressure 
drop i s  quite small until the point i s  reached where a large 
part of the polymerization i s  complete. The pressure gra- 
dient then rises steadily, reaching a nearly constant value 
where the polymerization is  complete. In each case in the 
front 25% or so  of the reactor the pressure gradient is  quite 
low. It i s  in these regions that natural convection due to 
thermal and concentration gradients could appreciably alter 
the calculated profiles. 

Flow Stability 

In all of the cases studied it was found that stable flow 
would result, in the sense that extreme channeling of the 
flow through the center did not occur. There are a number 
of reasons for having reservations about this conclusion, 
however. In the first place, by assuming the flow to be 
Newtonian, i t  was guaranteed that the flow would be stable 
if the reactor were long enough. The possibility that side 
reactions such a s  crosslinking might cause the flow in 
some parts of the reactor to stop completely instead of 
moving very slowly was not put into the program. Further- 
more, the possibility of “slubs” being torn off the slow- 
moving, thick film was not included. Such blobs would be 
swept to the center of the tube by the effect of viscous 
shear. There additional monomer could diffuse into them 
and they would emerge from the reactor having perhaps a 

W s E I n .  
thometer - 0.74 in. - 2.9 in 
F h  Rate - 80 IbS./hr. - 3200 Ibdh. 

200H w- 80fl. - 
p0 - PL0-398psi - 200 psi 

D 
LAO 

Fig .  5. Comparison of pressure profiles i n  tubular reactors. 
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substantially higher molecular weight, even though not 
necessarily crosslinked, than the bulk of the reactor 
effluent. 

was provided in the computation. This effect i s  probably 
minor in the long reactors, but might have serious conse- 
quences in Case IV where there are large temperature gra- 
dients and the pressure drops across the reactor are quite 
small. 

Finally, these calculations are for steady s ta te  flow. 
With such large variations in residence time occurring, the 
transient period a t  startup might be quite long. 

In the second place, no possibility for natural convection 

Alternative Reactor Configurations 
These uncertainties led u s  to consider other designs in 

which the distortion of the velocity profiles would be sub- 
stantially reduced. This distortion ar ises  because of the 
very small ratio of the viscosities of the solutions before 
and after polymerization. For the cases  in Table 1 this 
ratio i s  about 1/170 and the viscosity of the entering solu- 
tion was 0.2 centipoise. The viscosity of the polymer so- 
lution can be reduced by operating at a lower concentra- 
tion, but only at  a significant cost in increased solvent 
handling. Alternatively, the viscosity of the feed can be 
increased by adding polymer to it. This  polymer may be 
supplied by recycling product (which has first been 
“killed” to prevent further chain growth), or by carrying 
out the initial phase of the polymerization in one or more 
cascaded stirred-tank reactors. The choice would be de- 
termined by the relative cost of the two methods and also 
by the nature of the desired product. 

Anionic polymerization which proceeds according to  the 
idealized kinetics hypothesized above yields a weight- 
average/number-average molecular weight ratio of unity in 
a batch reaction. As i s  shown in Table 2, the tubular re- 
actor of Case III gives an Mw/Mn ratio which is  also very 
close to one. It can readily be shown that in a cascade of 
stirred-tank reactors, this kinetics leads to the ratio given 
by t h e  expression 

(Mw/Mn = ( N  + 1)/N) 

where N i s  the number of reactors in the cascade, if the 
fraction of monomer polymerized in each reactor is  the 
same . 
lar reactor in which molecular diffusion i s  negligible, the 
expression for the final product i s  

For a cascade of stirred-tank reactors preceding a tubu- 

(Mw/Mn = ( N  + f i ) / N )  
where f,, i s  the fraction of monomer converted to polymer in 
the solution leaving the cascade. Again, the fraction of 
monomer polymerized in each stirred-tank reactor i s  as- 
sumed constant. 

The desired value of Mw/Mn depends upon the physical 
properties required of the product. Where these properties 
correspond to  an extremely narrow molecular weight dis- 
tribution, polymer recycle may be the only practical way to 
operate. However, when the desired distribution is  only 
moderately narrow, prepolymerization i s  more likely to be 
the choice. 

Three additional cases were considered to demonstrate 
the effects of having polymer in the feed to a tubular reac- 
tor. All were modifications of Case 111, the insulated 3-in. 
pipe. A summary of the variable parameters for these 
cases  i s  given in Table 3. 

Pairs of profiles for each of the three cases from Table 3 
are shown in Figures 6, 7, and 8. In each figure the veloc- 
ity, temperature, and composition profiles on the left are 
taken at  the reactor length where the maximum distortion of 
the velocity profile near the wall occurs. The right-hand 
profiles in each figure were taken at the position of maxi- 

mum center line velocity. The velocity profiles are much 
less distorted from the normal parabolic shapes than were 
those for Cases  I to IV. Case VII shows the least  distor- 
tion and Case VI shows the most, a s  one would expect 
from the respective initial solution viscosities and the 
similarity of the solution viscosities after polymerization. 
The temperature and composition profiles a lso show much 
smaller radial gradients. This  i s  due partly t o  the lower 
inlet monomer concentration and partly to  the higher inlet 
temperatures and correspondingly higher initial reaction 
rates of the material in the central portion of the reactor. 

TABLE 3. INPUT PARAMETERS FOR TUBULAR REACTORS 
WITH POLYMER I N  FEED 

Case V VI VII 

Tube diameter, in. I.D. 
Tube length, ft, 
Solution flow rate, 1 b . h .  
Inlet monomer, wt. fract. 
Inlet polymer, wt. fract, 
Inlet polymer, molecular weight 
Inlet solution viscosity, centipoise 
Polymer source 
Inlet temperature. “C. 
Mw/Mn of product 
Pressure drop, lb./sq. in. 

2.90 
160 
3200 
0.15 
0.10 
126,500 
2.33 
Recycle 
125O 
1.00 
170 

2.90 
150 
3200 
0.15 
0.10 
7 1.000 
1.03 
2 Tanks 
132O 
1.08 
188 

2.90 
138 
3200 
0.10 
0.15 

2.25 
4 Tanks 
154’ 
1.09 
176 

88,100 

4 n = 
L = 3.57 ft. 

Y 

‘0 0.5 1.0 
-0 

‘0 0.5 1.0 
R/RQ R/RQ 

F i g .  6. Ef fect  of recycling polymer on reactor profi les (Case V). 

L = 29.4 ft. 

L = 10.2 ft. 
I 

1 1  

OO 0.5 1.0 

.25 

OO IIX 0.5 1.0 

R/Ro R/R, 

F ig .  7. Ef fect  of two-tank prepolymerization on reactor profiles 
(Case VI). 
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L= 3.74 ft. L= 9.47 ft. 

0 0.5 1.0 -0 0.5 ID 
RlRo RIRo 

Fig. 8. Ef fect  of four-tank prepolymerizotion on reactor profi les 
(Case VII). 

Reactor Scale-Up 
Examination of the basic differential equations of diffu- 

sion and heat transfer [Equations (1) and (3)1 shows that 
when the diameter of a tubular reactor i s  held constant, the 
change of concentration or temperature with distance at any 
point i s  solely a function of the velocity. If the velocity is 
reduced by a factor of 10, the longitudinal gradients of con- 
centration and temperature are increased by a factor of 10, 
so that a given conversion i s  accomplished in a reactor 
one-tenth a s  long. This relationship will hold as long as 
the assumptions of negligible axial diffusion and conduc- 
tion are valid and as long as natural convection i s  negligi- 
ble. (The assumption of negligible axial diffusion and con- 
duction is  valid when axial gradients of Concentration and 
temperature are l e s s  than 10% of the radial gradients a t  the 
same point.) 

It follows from these considerations that the best method 
of building a pilot-plant reactor of this type for obtaining 
design data i s  to  duplicate the proposed diameter of the 
large reactor, and scale down only the length and flow rate. 
The results obtained from a reactor of small diameter can 
be used only with caution, since the relatively high heat 
transfer and greater effect of diffusion will be lost on 
scale-up. 

CONCLUSIONS 
A mathematical model has  been constructed for comput- 

ing velocity, temperature, and concentration profiles in a 
tubular polymerization reactor. In addition, pressure drop 
and molecular weight distribution were calculated. The 
calculations indicate stable flow behavior for a variety of 
flow rates and configurations. Two types of design were 
shown to minimize the very large concentration and tem- 
perature gradients which may develop in reactors of this 
sort. The effect of molecular diffusion on molecular weight 
dispersion was found to be small, especially for reactor 
diameters of 3 in. and above. 

While an attempt should be made to use reasonably good 
values for the various physical properties employed in this 
method of computation, the results will not be highly accu- 
rate because of the numerous assumptions and approxima- 
tions which were made. However, relatively large changes 
in the values used would have little effect on the qualita- 
tive conclusions which one would reach. The major value 
of such calculations i s  to indicate the conditions under 
which satisfactory reactor performance is either a good 
probability or quite unlikely. Highly accurate reactor 
simulation would necessarily need to be coupled with an 
experimental program on the system concerned to obtain 
the necessary physical data. 

While these calculations were based on data for an an- 
ionic polymerization, the method is applicable to  any type 
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of polymerization for which sufficient information regarding 
reaction kinetics, solution viscosity, and molecular weight 
distribution are known. 
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NOTATION 
CM = concentration of monomer, g./cc. 
CP = concentration of polymer, g./cc. 

C = heat capacity of solution, ca1.Ag.N "C.) 8~ = molecular diffusivity of monomer, sq. cm./sec. 
DT =thermal diffusivity of solution, sq. cm./sec. 

hav = average heat transfer coefficient, cal./(sq. cm.) 
AH.M = heat of reaction, cal./g. 

(sec.) 
h s  = thermal conductivity of solution, cal./(g.)(sec.)( "C.) 
L = distance from tube inlet, cm. or ft. 

Lo = length of tube, cm. or ft. 
Mn = number-average molecular weight 

= weight-average molecular weight 
= mass flow rate of solution, g./sec. or lb./hr. 

N P  = molal concentration of polymer, moles/cc. 
P = pressure, dyneslsq. cm. or lb./sq. in. 

P ,  = pressure at reactor inlet, dyneslsq. cm. or lb./ 

PLO = pressure a t  reactor outlet, dynedsq.  cm. or Ib./ 
sq. in. 

sq. in. 
r = radial variable, cm. 

R,  = radius of tube, cm. 
R ,  = rate of polymerization, g. monomer/(sec.)(cc.) 

T = temperature of solution, "C. 
T c  = temperature of coolant in jacket, "C. 
TW = temperature of solution at r = R,, "C. 

U = velocity, cm./sec. 
U ,  = average velocity a t  inlet, cm./sec. 
x = variable in direction of flow, cm. 

Greek Letters 
p =viscosity of solution, poise 
p = density of solution, g./cc. 

p o  = density of feed solution, g./cc. 
T = shear s t ress  in solution, dyneslcc. 

T~ = shear s t ress  at wall, dynedcc .  
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